This work proposes an alternative technique for the selective extraction of thiols from a "jet-fuel" model stream, using the 1-ethyl-3-methylimidazolium triflate ([C 2 mim][CF 3 SO 3 ]) ionic liquid as extractant, in a hollow fibre membrane contactor. Due to the low distribution ratio of the thiol towards the ionic liquid, observed in single extraction, a regeneration step (stripping with vacuum or a sweep gas) was added to the extraction process, in order to maximize the concentration gradient overcoming thermodynamic constraints. The stripping with a sweep gas allowed for a complete regeneration of the ionic liquid producing a jet-fuel with sulphur content lower than 2 ppm. Since the controlling step of the process is the extraction of thiol from the feed phase to the ionic liquid phase, the increase of the ionic liquid velocity and operating temperature may further enhance the process performance. The results obtained along with the ultra-low sulphur jet-fuel model produced prove the high potential of this integrated process as an alternative method for replacing the current expensive desulphurization process.
Introduction
The removal of sulphur from fuel streams in the refining industry is currently and primarily carried out by hydrodesulphurization processes, which consist mainly a catalytic hydrogenation of organic sulphur compounds producing hydrogen sulphide (H 2 S), at very high temperatures and hydrogen partial pressures, 573-673 K and 20-100 bar of hydrogen, respectively. These extremely demanding operating conditions make this process very costly in particular when high molecular weight and more stable sulphur compounds are present in the fuel, requiring higher residence time and more severe operating conditions [1] . Concerning the sulphur species, they can be aliphatic and aromatic and are mainly classified as thiols, sulphides and thiophenes. Thiols (aliphatic sulphur compounds) can also be removed by a sweetening process known as Merox s , where a liquidliquid extraction with caustic soda is aided with a catalytic oxidation by air. For heavier fractions, this process becomes more difficult and fixed-bed sweetening alternatives are used. As the environmental and legal specifications increased stringently and aimed at the use of ultralow sulphur fuels (o10 ppm S), the production of these fuels is more challenging since nowadays crude oils present higher sulphur contents and lower quality. In order to overcome the inefficient conventional desulphurization, researchers directed their works towards new alternative methods. Separation processes such as extraction and oxidation, adsorption and bioconversion have been considered, along with their combinations [2] [3] [4] [5] [6] [7] [8] .
Many of these alternative processes use ionic liquids as solvents. Their negligible volatility, liquid state in a large range of temperatures and tuneable solvation towards polar and non-polar compounds turn ionic liquids into very attrachttp://live.elsevierproofcentral. com/authorproofs/macmc361805d2a99ffce600906681f938f91/mc tive extracting solvents allowing their use at high temperatures while maintaining chemical and thermal stability [9] . In addition, the possibility of a simple regeneration of the ionic liquid and its reuse in the extraction process permit a more sustainable management [1] .
Regarding the extraction of thiols (aliphatic sulphur species) from "jet-fuel" streams, our previous work [10] showed the high potential of ionic liquids as extracting solvents, despite the low thiol affinity towards the ionic liquids. This feature makes the conventional liquid-liquid extraction ineffective due to the high volumes of extracting ionic liquid that would be required. However, the ionic liquids studied and n-dodecane, used as the jet-fuel model, presented almost negligible mutual solubility, which avoids mutual contamination and losses of fuel and ionic liquid in the separation process. For this reason, the use of ionic liquids as solvents is potentially interesting, as discussed in our previous work [10] , where supported ionic liquid membranes (SILMs) were studied. SILMs were evaluated for the selective extraction of a thiol target solute applying vacuum in the downstream side, in order to benefit from the very low mutual solubility between the aliphatic compounds and the ionic liquids. Though it was observed a significant permeation of n-dodecane through the SILM polymeric support. This problem was overcome using the ionic liquid as a receiving phase and no dodecane was detected, opening opportunities for new approaches. The extraction process experiment was carried out in a hollow fibre membrane contactor, in a countercurrent-flow mode.
Hollow fibre membrane contactors have proven to be very advantageous in separation processes, as shown by the large variety of systems tested in both liquid and gas separations [11] [12] [13] [14] [15] [16] [17] [18] , including thiols removal from a simulated naphtha stream under a reactive extraction with an aqueous NaOH solution [19, 20] . Membrane contactors provide large interfacial area between the two contacting phases, through the pores of the membrane, not requiring density differences and dispersion between the two phases. Consequently, back-mixing and formation of stable emulsions are prevented. In addition, each fluid phase can be independently operated within a wide range of flow rates [15, 18, 21, 22] .
The present work addresses the study of an integrated process using hydrophobic hollow fibre membrane contactors of polypropylene, where the selective thiol extraction occurs in a first membrane contactor and, simultaneously, regeneration takes place in a second contactor aiming at a complete removal of the thiol from the ionic liquid. This configuration offers several advantages, such as the reuse of the ionic liquid in the extraction process, by recirculation in a closed loop between the two membrane contactors. Therefore, the volume of ionic liquid required is much lower than in conventional equipment. Moreover, the driving force for solute transport is maximized, which is particularly important when the partitioning of the target solute is not thermodynamically favoured. The ionic liquid regeneration can be performed by different techniques, such as direct distillation [23] [24] [25] [26] , evaporation [27] [28] [29] , re-extraction by an organic or aqueous solvent [30] [31] [32] or by using supercritical carbon dioxide [33] [34] [35] , membrane separation [36] [37] [38] , stripping with a sweep gas or vacuum, with or without thermal treatment [39] [40] [41] [42] [43] , or by a combination of methods. In this work, stripping applying vacuum and by using a sweep gas in the downstream of the membrane compartment was studied for the regeneration of the ionic liquid.
Experimental section
The membrane contactors experiments were carried out using three different configurations in order to study the most promising set-up for the thiols removal from a jet-fuel model mixture. The configurations tested were: single extraction, simultaneous extraction and stripping with vacuum, and simultaneous extraction and stripping by using a sweep gas.
The most suitable ionic liquid to be used in the extraction of thiols from a jet-fuel supply should present high affinity to the target compound and low mutual solubility with other feed compounds, avoiding their co-extraction [44] , and should present high mass transfer kinetics coefficients. Based on our previous work [10] on liquid-liquid equilibrium and mass transfer kinetics in a classical liquid-liquid extraction process, the ionic liquid that was identified to fulfil these separation requirements was the 1-ethyl-3-methylimidazolium triflate, [C 2 mim][CF 3 SO 3 ] [44] .
To perform these experiments, two hollow fibre membrane contactors with porous polypropylene membranes were selected based on their wetting properties. These hydrophobic membranes are not easily wetted by the selected ionic liquid [10] . Therefore, in the first extraction contactor, the membranes pores are wetted and filled with the n-dodecane phase, while in the stripping contactor, the pores are filled with air (both in the case of the vacuum stripping and the sweep gas stripping). This selection of a hydrophobic material allows, therefore, to minimise the mass transfer resistance for solute transport through the membrane area. In addition, given the positive thiol partition towards the hydrocarbon feed, it is also favourable to have the feed wetting the membrane pores, instead of the ionic liquid.
Materials
The jet-fuel feed solution is composed of hydrocarbon n-dodecane and circa 1% of the thiol 1-hexanethiol, which were acquired from Sigma-Aldrich, with 99% and 95% purity, respectively.
The 
Experimental procedure
The membrane contactor experimental set-up, for the single extraction of 1-hexanethiol from the model feed stream, is depicted in Fig. 1 . A second membrane contactor was coupled to the extraction module to perform the ionic liquid regeneration, either by applying vacuum or a sweep gas, as can also be seen in Fig. 1 .
Closed vessels (500 mL) with small headspaces were used in order to minimise the loss of the feed compounds to the atmosphere and variations of phase volume and concentration.
In the extraction module the feed was pumped into the shell side, while the ionic liquid extracting phase was circulated in countercurrent inside the hollow fibres (lumen side). This operating mode In order to assure appropriate starting conditions, all independent experiments started by circulating the ionic liquid in the lumen side and, only after completion of this procedure, the feed stream was circulated in the shell side. This procedure assured that no feed stream was able to permeate through the pores to the lumen side (remember that the membrane used is hydrophobic and, therefore, wetted by the n-dodecane feed).
The higher viscosity of the ionic liquid promoted a slight overpressure on the lumen side, which also helped to obtain a more stable interface between the feed and the ionic liquid in the extraction module. For the integrated process, the same procedure was adopted, circulating the ionic liquid in each contactor before introducing the feed in the extraction contactor in order to reduce the delay related with the regeneration of the ionic liquid.
During all experiments, representative samples of the feed and ionic liquid phases (0.3-0.5 mL) were collected and analysed along time. During the experiments, the flow-rate of each fluid was controlled by magnetic drive gear pumps (Ismatec, Switzerland), and measured using variable area flowmeters at the exit of the contactor. These pumps allowed for eliminating flow-rate oscillations and pulsating effects. During the experiments, the pressures at the inlet and outlet of the shell and lumen were also measured with analogical manometers. To achieve a better control of the operation temperature, the feed and ionic liquid reservoirs and the membrane contactor were jacketed by circulating thermoregulated water using a thermostat bath (Julabo MC), with a temperature stability of 70.01 K. The temperature in the vessels was measured using a thermometer ( 70.1 K).
Operating conditions
All experiments for the study of the removal of thiols were carried out under controlled operating conditions. It was decided to operate at a temperature of 298.157 0.2 K. However, as discussed later in this work, higher operating temperatures were also considered and their potential impact was simulated, supported on the knowledge about their effect in viscosity and diffusion coefficient of the target solute.
For all configurations studied, the modules were operated in a counter-current mode in order to guarantee the highest possible mass transfer.
In terms of selection of the stream flow rates, some precautions were considered: it was assured that the pressure drop inside the membrane fibres does not overcome the pores' breakthrough pressure (minimum pressure required to force the ionic liquid into the membrane pores), in order to maintain a stable interface between the ionic liquid phase and the feed phase.
The critical breakthrough pressure (ΔP cr ) of the [C 2 mim] [CF 3 SO 3 ] ionic liquid for the system polypropyleneþn-dodecane was determined using the Young-Laplace equation [17] ΔP cr ¼ 2γ cos θ r pore Â 10 À 5 bar ð1Þ
For the interfacial tension (γ) determination, it was assumed that the low concentration of the thiol in the feed phase does not have a significant impact on the interfacial tension. Thus, the interfacial tension measured between the n-dodecane and the [C r pore is the pore radius (m), assuming parallel cylindrical pores.
Taking into account the ellipsoidal shape of the pores of the membrane Celgard X-10, an average breakthrough pressure of 3.85 bar was obtained. Therefore pressure differences up to 3.85 bar can be applied without interface disturbance and ionic liquid penetration inside the membrane pores. Experimentally, the flow rate of the ionic liquid in the lumen side of both contactors was set to be 0.96 cm 3 /s for all experiments. Under these conditions, the inlet pressure for the ionic liquid side was observed to be at 0.65 bar during the single extraction experiments, and between 0.70 bar and 0.75 bar for the integrated configuration, to assure a stable interface. The outlet pressures were kept at atmospheric pressure and 0.2 bar, respectively, for the single extraction and the integration operation. This last value of outlet pressure corresponded to the inlet pressure in the regeneration contactor.
For the feed flow, circulating in the shell side of the extraction contactor, it was set at a flow-rate of 6.5 cm 3 /s. The operating pressures for the feed phase, in the extraction module, were lower than 0.05 bar at the inlet, and in its exit was atmospheric pressure. From these pressures values, the membrane pressure differences varied from 0.7 to 0.0 bar, due to the pressure drop observed along the lumen side, quite below the estimated breakthrough pressure.
The fluid velocity for the feed phase, considering the hydraulic diameter, is 1.90 cm s In the integrated set-up, vacuum or sweep gas was applied at the module shell side. The experiments started by testing vacuum at a pressure of 1 mbar. For the experiments carried out using the sweep gas, compressed air flow rates of 1.23 cm s The membrane contactors were cleaned after each experiment in order to maintain the same initial conditions. The washing procedure consisted in removing the highest amount of the solvents without using any external agents. Then, water was added to the lumen side for removing the ionic liquid and, in the feed side, isopropanol helped to eliminate the hydrocarbon compounds. This procedure was repeated two to three times and then compressed air was passed through the system until it was completely dried and free of solvents.
Analytical methods
The concentration of the model thiol compound was measured in each stream by a potentiometric titration, using a TitraLab s 865 titration workstation, with an alcoholic solution of AgNO 3 at 0.01 M, according to the ASTM D3227 standard [45] . The ionic liquid content in the feed phase was analysed by UV spectroscopy, using a Helios α UV-vis spectrophotometer from Thermo Scientific, though no peaks corresponding to the ionic liquid were found, assuring that no contamination of the feed stream by the ionic liquid took place (at least, not above the detection limit). The n-dodecane content in the ionic liquid stream was determined gravimetrically ( 710 À 4 g) using a vacuum drying process and was found negligible. Nevertheless, even considering that the contents of ionic liquid in n-dodecane and of n-dodecane in ionic liquid-rich streams are insignificant, it must be kept in mind that traces of these compounds can occur at concentrations below the detection threshold.
Mass transfer model
In order to model the extraction of 1-hexanethiol from the feed stream into the ionic liquid phase in the all the configurations tested, single extraction and integrated extraction/stripping, a material balance was performed to the membrane contactor and vessel.
Considering the extraction module and assuming equilibrium at the feed/ionic liquid interface, the differential mass balance is described as
where
) is the feed flow rate, C f and C 
The differential mass balance to the feed fluid vessel can be written as
where V f (m 3 ) is the feed phase volume, C in f and C out f
are the inlet and outlet 1-hexanethiol concentrations in the membrane contactor, respectively. The operating time is defined by t (s).
Since the feed stream is operated with recirculation and assuming that the driving force variation in a single passage over the membrane contactor can be assumed negligible for the small interfacial area, A E (0.23 m 2 ), and the fluid vessels have a high degree of mixture, which turns the thiol concentration in the feed vessel equal to the inlet concentration of the module, Eqs. (2) and (3) can be combined in the following equation:
C n f is related with the 1-hexanethiol concentration in the ionic liquid rich phase (C IL ) applying the distribution ratio (D) definition
The distribution ratio was determined in a previous work [10] and a value of 0.095 70.026 for the system [C 2 mim][CF 3 SO 3 ] þ1-hexanethiol þn-dodecane was obtained.
For the single extraction process, the concentration C IL is obtained from a simple mass balance to the solute, at the initial conditions, in the feed phase and ionic liquid phase, C 0 f and C 0 IL , respectively
The overall mass transfer coefficient, K f , is determined by fitting the experimental thiol concentration as a function of time with the integration of Eqs. (4)-(6), considering the initial conditions.
In the case of the integrated process, when applying regeneration by sweep gas, a differential material balance to the ionic liquid must also be done, to a more accurate description of the solute mass transport in this stream
where K E and K R are the overall mass transfer coefficients associated with each module of the integrated process, extraction and regeneration, with the respective membrane areas A E and A R . Here C n IL is the concentration of thiol in the ionic liquid in equilibrium with its concentration in the gaseous phase (C g ) inside the pore of the membrane (C n IL ¼ C g =H, H¼Henry's constant). The value of H was estimated [46] by the product of the vapour pressure of 1-hexanethiol at the operating temperature (298.15 K) and the activity coefficient at infinite dilution. The H value was calculated to be 0.0022 (mol m ). By a material mass balance to the system, the thiol concentration in the gas phase can be described as
Considering an efficient regeneration process where the thiol is completely removed from the ionic liquid (C IL E0 mol m À 3 ), and assuming the extraction process as the limiting stage of the integrated process, the overall mass transfer can be determined by fitting the experimental thiol concentration of the feed phase with Eq. (4) for C n IL ¼ 0. The resistances-in-series model, based on the combination of the individual mass transfer resistances, is helpful in understanding the thiol extraction/stripping process.
Eqs. (9) and (10) describe the resistances in the extraction and regeneration modules, respectively
where K E and the K R (m s À 1 ) represent the overall mass transfer coefficients for the extraction and the regeneration process, respectively. In terms of the individual mass transfer coefficients, they are described by k f , k IL;E , k IL;R and k g (m s ) and are determined accordingly with the phase wetting the membrane
where D is the diffusion coefficient (m 2 s
) at a T temperature (K). ε, δ and τ are the porosity, thickness (m) and tortuosity of the membrane, respectively, in the extraction (E) and regeneration (R) modules.
As shown in our previous work [10] , due to the high ionic liquid viscosity and low thiol diffusion in the ionic liquid, the ionic liquid phase presents the highest mass transfer resistance to the transport of thiol. Moreover, since the membranes in the extraction and regeneration modules are wetted by the feed and gas phases (not-controlling phases), respectively, the resistance in series equations can be simplified to the resistance in the ionic liquid boundary film.
Calculation methods
The fitting of the thiol concentration variation with time, for the various experiments were performed using the nlinfit routine, from the software package Matlab ™ , from Math Works Inc. (USA). The overall mass transfer coefficients for the single extraction process and for the integrated process were determined by performing a nonlinear regression, using the iterative least squares algorithm, and simultaneously solving the differential equations system previously specified for each configuration. Parameters' errors were calculated within a 95% confidence interval.
Results and discussion
The liquid extraction process using membrane contactors is explored using a mixture of 1-hexanethiol and n-dodecane, as jetfuel model feed, and the ionic liquid [C 2 mim][CF 3 SO 3 ]. This ionic liquid was selected in order to avoid the co-extraction of n-dodecane and other fuel compounds.
The methodology followed in this work involved a preevaluation of the membrane contactor applicability in the extraction process, followed by its integration with a regeneration step aiming re-extracting the target solute from the ionic liquid, and reuse of the ionic liquid in the extraction module, in a closed loop.
Single extraction in a membrane contactor
The 1-hexanethiol extraction was firstly studied in a single membrane contactor and the experimental data is plotted in Fig. 2 . The 1-hexanethiol concentration profile obtained is very regular and smooth, reaching equilibrium at circa 1.5 h of operation time. Comparing this profile with the profile obtained in mass transfer studies in an extraction cell, previously reported [10] , it was found that these extraction profiles present the same behaviour, except for the time needed to reach equilibrium, due to the different interfacial areas available for mass transfer. As expected, the mass transfer rate was faster using the membrane contactor, due to a higher interfacial area of 0. 23 , which can be considered relatively low when comparing with other extraction systems using this type of equipment.
In spite of the low mass transfer rate, the thiol extraction using the selected ionic liquid shows a high potential since no ndodecane was detected in the ionic liquid phase, as a result of the very low mutual solubility between the ionic liquid and the ndodecane. The ionic liquid worked as a liquid barrier to the transport of n-dodecane and the undesirable co-extraction of the fuel compounds was prevented.
Simultaneous extraction and regeneration in membrane contactors
The following experiments aim at evaluating the regeneration technique more suitable to be integrated with the extraction unit (Fig. 1) . The first experiment consisted in testing the use of vacuum in the shell side of the second contactor to strip the thiol from the ionic liquid stream. The second approach used a sweep gas stream also circulated in the shell side. In these experiments, the ionic liquid stream was operated in a closed loop, between the extraction and the regeneration contactors, and the effect of the regeneration process was monitored by analysing the thiol concentration variation in the jet-fuel feed phase.
Vacuum-based regeneration
The regeneration with vacuum was performed at 1 mbar and room temperature to allow the evaporation of 1-hexanethiol at 298.2 K under vacuum, which has a vapour pressure around 6 mbar at this temperature. The experimental concentrations of thiol in the feed and the ionic liquid phase are plotted in Fig. 3 . As can be observed from the thiol extraction results, its extraction from the feed stream stops after 2 h and tends to a constant value. The use of vacuum does not have a positive impact on the extraction of the target solute and, therefore, cannot be considered as a potential process for the re-extraction of thiols from the ionic liquid extractant. This unfavourable behaviour results from the partial penetration of the ionic liquid inside the pores of the polypropylene membrane. Under these circumstances, the ionic liquid wets the pores of fibres creating an additional significant mass transfer resistance to the process of solute transfer. This additional resistance cannot be neglected since the ionic liquid has a high viscosity (41 mPa s). Consequently, the transport of thiol by diffusion from the ionic liquid phase to the vacuum phase becomes extremely slow. This negative effect on the overall mass transfer of solute does not allow for an effective regeneration of the extractant in a short operating time. This problem was difficult to anticipate, since the ionic liquid has a negligible vapour pressure and, from our previous work [10] , the polypropylene membrane tested is not easily wetted by the [C 2 mim][CF 3 SO 3 ] ionic liquid. The continuous application of vacuum in the downstream circuit might force its partial penetration into the pores of the polypropylene membrane, reducing the mass transfer rate.
The average breakthrough pressure of 3.85 bar previously calculated refers to the pressure required for the ionic liquid penetration into the pores of the fibre membrane of polypropylene wetted by ndodecane. In that case an n-dodecane/ionic liquid interfacial tension is involved. This value cannot be used straightforward when the system under study involves the ionic liquid/vacuum interface, where the ionic liquid partial penetration within the membrane pores may occur.
Taking this result into consideration, it was decided to evaluate the removal of the thiol compound from the ionic liquid phase by applying a sweep gas stream, avoiding the displacement of the ionic liquid to the pores of the membrane.
Sweep-gas based regeneration
As an alternative to vacuum regeneration, a sweep gas stream of compressed air was used in the downstream circuit of the second membrane contactor, aiming an efficient cleaning of the ionic liquid. This unit worked under gentle conditions of temperature and pressure, avoiding the permeation of the ionic liquid through the membrane.
Three sweep gas flow-rates were tested with linear velocities from 1.23 cm s À 1 to 19.30 cm s À 1 and their impact on the thiol extraction is shown in Fig. 4 . Comparing the results obtained, it is possible to observe that the use of sweep gas allows overcoming the unfavourable low thermodynamic equilibrium observed in the single extraction (Fig. 2) , since it was possible to reduce the thiol concentration in the feed stream to values very close to zero, i.e. lower than 2 ppm, as targeted by the legislation. This result proves the high potential of this integrated process as an alternative method to the deep-desulphurization process. This process not only allows the production of ultra-low sulphur fuels, but also allows reducing the operating costs due to the mild conditions of temperature and pressures applied.
In what concerns the mass transfer occurring in these processes, a significant variation of the thiol concentration in the ionic liquid phase is observed for different experiments. It is shown that the increase of the sweep gas flow rate leads to a more efficient removal of thiol from the ionic liquid and to a consequent improvement of the extraction of the thiol from the feed stream. This increase of the gas velocity in the shell side of the module reduces the residence time of the gas inside the membrane contactor, which increases the driving force for mass transfer by lowering the concentration of this solute in the gaseous phase.
The effect of increasing the velocity of the sweep gas on the extraction process is important up to a point where a complete reextraction of the thiol from the ionic liquid is achieved. For higher sweep gas flow-rates (lower residence time), at which the regeneration is completed, the integrated process becomes controlled by the extraction of the thiol from the feed phase.
Mass transfer kinetics
For the case of the lower sweep gas flow rate (v g ¼1.23 cm s
where the thiol concentration in the ionic liquid stream remains considerable, the overall mass transfer coefficient was calculated by fitting the experimental thiol concentration profile with Eqs. (4), (5), (7) and (8 ), as can be seen in Table 2 .
Simulation of thiol transport
As mentioned before, considering a complete regeneration of the ionic liquid, the mass transfer performance in the integrated process is controlled by the 1-hexanethiol transport in the ionic liquid phase, in the extraction module. Therefore, the overall mass transfer coefficient is directly affected by the operating conditions of the ionic liquid stream in the extraction membrane contactor. Aiming at understanding the effect of the ionic liquid fluid dynamics on the extraction process, the impact of increasing the ionic liquid linear velocities in the extraction contactor was evaluated by simulation, using the mass transfer model previously discussed. In addition, the impact of operating at higher extraction temperature was also evaluated. 
where μ IL is the ionic liquid viscosity (Pa s) at the operating temperature, L f is the fibre length (m) and d IL is the fibre internal diameter (m). The pressure drop estimated for each tested velocity was 1.8 bar and 3.6 bar, respectively, which do not exceed the critical breakthrough pressure.
Using the mass transfer relation described by Eq. (13) Fig. 5a ). The increase of the ionic liquid velocity allows for enhancing the extraction performance due to its direct impact on the mass transfer coefficient increase, with a decreasing resistance to the thiol transport in the ionic liquid boundary layer.
A temperature increase leads to an improvement of the mass transfer (Fig. 5b) ) by reducing the viscosity and density of the ionic liquid (reducing the ionic liquid boundary layer thickness) and increasing of the diffusion coefficient. The effect of temperature was simulated taking into consideration its various impacts on these properties, and also respecting the temperature restrictions of the hollow fibre membrane contactor of Liqui- Estimating the mass transfer coefficient using the relation in Eq. (14) [47] , the benefit of increasing temperature can be observed in Fig. 5c) 
As observed, the extraction process can be remarkably improved if optimal operating conditions are employed. When combining the Table 2 Extraction and regeneration mass transfer coefficients for the systems ionic liquid þ 1-hexanethiol þn-dodecane, using single extraction and integrated extraction/sweep gas regeneration, at 298.2 K and atmospheric pressure. ionic liquid fluid dynamics and the operating temperature, the thiol extraction performance is significantly improved. As the temperature increases, the pressure drop associated with the ionic liquid flow inside the fibre is also reduced. Therefore, higher ionic liquid velocities can be applied up to the critical breakthrough pressure at the operating temperature. Due to the nonexistence of data for the estimation of the critical breakthrough pressure at the operating temperature of 333.2 K, the ionic liquid velocity for the simulation, at 333.2 K, was selected to cause a pressure drop lower than 2 bar. A pressure drop of 1.96 bar is estimated for an ionic liquid velocity of 15 cm s À 1
. Fig. 5c ) shows the overall improvement by increasing ionic liquid velocity and temperature. The estimated extraction mass transfer coefficient for these conditions is 1.0 Â 10 À 6 m s
, reducing drastically the thiol extraction time from 50 h to only 3.5 h. These results were not validated due to experimental restrictions.
Still, the results presented attest the remarkable potential for an effective thiol removal from a jet-fuel feed phase using an ionic liquid as a solvent in an integrated extraction/stripping process carried out in hollow fibre membrane contactors.
Conclusions
A new methodology for the desulphurization of "jet-fuel" streams, using a mixture of 1-hexanethiol and n-dodecane as a model system, was proposed in this work. It consisted in a liquid extraction of the thiol using as an ionic liquid as the extracting solvent (1-ethyl-3-methylimidazolium triflate [C 2 mim][CF 3 SO 3 ]), followed by its integrated regeneration. The separation process was carried out in hollow fibre membrane contactor in countercurrent mode, which allowed for reducing the extraction time due to its high interfacial area (3335 m 2 /m 3 ). Simultaneously to the extraction, controlled by the thiol transport in the ionic liquid phase, the ionic liquid was regenerated in an integrated system. Two regeneration methods were tested: vacuum stripping and a sweep gas stream in the downstream side of the membrane. In the vacuum stripping process, the ionic liquid partially filled the fibre pores which add a second significant resistance to the thiol transport. This method was considered unfeasible for the re-extraction of thiols. Using a sweep gas stripping, a complete regeneration of the ionic liquid was possible, allowing for an improvement of the extraction performance as a result of the maximization of the concentration gradient, reducing the constrains related with the low distribution ratio of the system under study. A complete extraction of the thiol from the jet-fuel model stream was achieved, producing an ultra-low sulphur jetfuel with sulphur content lower than 2 ppm, as envisaging by legislation for the use of ultra-low sulphur jet-fuel (o 10 ppm S).
In an efficient integrated regeneration of the ionic liquid, the controlling step becomes the extraction of thiol from the feed phase to the ionic liquid phase. Simulations showed that the increase of the ionic liquid velocity and operating temperature can lead to a high decrease of the extraction time, i.e. from 50 h to 3.5 h.
The approach reported in this paper offers significant benefits over the actual process for the removal of thiols. It is true that other solvent systems should be tested aiming to achieve higher distribution coefficients of the target solutes to the extracting phase, namely through the use of reactive extraction. It is important to emphasize the fact that this technology, involving an integrated membrane contactor extraction and stripping, was proved to be technically feasible. Pilot studies will follow in order to provide information about long-term operation and a precise evaluation of the process economics, with a simple "back-of-theenvelope" calculation, seems extremely attractive. Neves acknowledges the financial support from FCT through the scholarship SFRH/BPD/64975/2009.
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